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T
he dynamics of the bottom zone of a narrow fluidized bed, from bubbling to turbulent
regimes, was studied in a cold model of 0.1 m i.d. and 1.3 m high. Tested distributor
types were perforated perspex plates, with six different perforation grids, metallic mesh

and porous ceramic, with pressures drops ranging from 0.05 to 350 kPa, corresponding to
superficial air velocities from 0.1 to 2.3 m s�1. Group B silica ballotini, within the range 0.355–
0.425 mm, were used as bed material. The experimental data consisted of pressure drop and
absolute pressure fluctuating signals, together with visual observations. The bottom zone
presented a dynamic condition that produced higher pressure drop values than those expected
with the incipient fluidization condition, particularly for the distributor plates with a higher
open area. A simple model is used to describe the axial solids distribution and the dynamics
characteristics of the voids created in that zone, and an attempt is made to differentiate the
bubble voidage from that of the dense phase, with a value of through flow estimated in a
systematic way.
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INTRODUCTION

The performance of a gas distributor is very important to
the success of the operation of a fluidized bed (Geldart
and Baeyens, 1985). The present work analyses the
influence of some distributor types (porous ceramics,
metallic mesh and perforated perspex), under different
fluidization velocities, covering bubbling and turbulent
regimes, on the bottom zone of a fluidized bed using
Group B silica ballotini within the size range 0.355–
0.425 mm. Although the bottom zone represents only a
small part of the bed, it is of considerable importance
in what concerns the reactions taking place in a fluidized
bed reactor, owing to the high solids concentration and the
retention of the reactants (Schlichthaerle and Werther, 1999).
Svensson et al. (1993), based on experimental values of the
pressure profile, defined the height of the bottom zone as
the level at which that profile starts to deviate from a straight
line. Schlichthaerle and Werther (1999) proposed that it
should be defined as the height of the column where the
solid concentration begins to decrease.

As for the hydrodynamic structure of that region of the
bed, some authors consider it to be core-annulus type (Sun
et al., 1999), others cluster-like (Brereton and Grace, 1993),
bubbling at all times (Werther and Wein, 1994; Svensson
et al., 1996a), turbulent (Schnitzlein and Weinstein, 1988;
Bolton and Davidson, 1988; Bai et al., 1996), or with a
turbulent core region and a dense bubbling condition at the
wall (Schlichthaerle and Werther, 1999). Finally, Malcus et al.
(2000), using an electrical capacitance tomography method,
found no significant change of the hydrodynamic behaviour
of the gas–solid suspension, measured between two different
heights inside the bed. As for the influence of the distributor
plate, apart the work of Svensson et al. (1996b), no other
references were found to the way it might affect the bottom of
the bed, either from the point of view of the different type of
used plates, or concerning the pressure drop across the
distributor. Several authors considered a constant voidage
at the bottom bed, extrapolating the pressure drop profile
between the lowest pressure tap and the distributor (Johnsson
and Leckner, 1995; Zijerveld et al., 1997), or found no
inflexions of voidage (Malcus et al., 2000).

Some experimental results concerning the changes occur-
ring in the fraction of solids with height are also examined.
Different velocities and eight different types of distributor
plates were used in the experiments. A technique to estimate
the porosity fluctuations of the dense phase, in the bottom of
the bed is also proposed.
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EXPERIMENTAL

The experimental work was done in a cold, atmospheric
fluidized bed, with a 100 mm internal diameter perspex tube,
using air at ambient conditions as the fluidizing medium
(Figure 1).

The fluidized bed was established by fluidizing Group B
silica ballotini, 355–425 mm, previously screened from
bulk samples and then statistically assessed with t-tests to
evaluate the consistency of the means, using SPSS1

software package, as well as a Coulter LS 230 Particle
Size Analyser. The airflow rate was measured with orifice
plate flowmeters, equipped with a Furness Control FCO18
differential pressure transducer, connected to a data acquisi-
tion system.

Instead of measuring the evolution of the whole bed
pressure drop, a different approach was followed. The
300 mm bed static height was divided into horizontal
slices. The pressure measurements were made at each one
of the six horizontal slices of 50 mm high the bed was
divided in. The experimental conditions are summarized in
Table 1.

Three pressure probes were used at each level, placed at
angular intervals of 120� (Figure 2). The data acquired
represented cumulative values for each layer, i.e. the
values of the first layer represent the slice ‘1’ pressure
drop, the values of the second layer the slice ‘1 plus 2’

pressure drop, and so on until the sixth layer, corresponding
to the sum of the measured pressure drops from slices 1 to 6.
Each probe was calibrated against U-tube water pressure
manometers. Values for the pressure drop of each slice were
recorded for consecutively decreasing flowrates, using
Furness Control differential transducers FCO15 and 16
and Klay Peramic pressure transmitters CER8000,
connected to a data acquisition system. Problems with
pressure taps plugging were inexistent as the porosity of
the particles avoided it and a set of two consecutive U-bends
(one up and one down) was used after each tap to prevent
damage to the pressure transmitters’ membranes. Figure 3
shows a typical example of the pressure measured by a
probe located in the fifth layer and of the differential
pressure signal measured between two probes (second and
third, slice 2).

The data acquisition system used a sampling frequency of
5 Hz. To ensure sufficient accuracy in the statistical analysis,
an average of 1000 samples were taken for each spectrum;
those readings were then weighed in order to output values
corresponding to arithmetically averaged 1 s intervals. Later
on, using a suitable program, these were determined for each
position of the flowmeter and the dubious points eliminated
according to Chauvenet’s criterion (Holman, 1994).

The plate’s pressure drop evolution for the tested gas flow
range for each distributor type was measured with pressure
probes calibrated against U-tube mercury pressure
manometers. Eight different distributors were used: six
perforated perspex plates, one metallic mesh and one
porous ceramic, with pressures drops ranging from 60 to
300 kPa, and superficial gas velocities going from 0.1 to
2.3 m s�1 at standard pressure and temperature. The relevant
data for the distributors is given in Table 2. A more
extensive description of the experimental setup can be
found in Paiva et al. (2000).

The uncertainty calculations follow the Coleman and
Steele (1999) systematic approach. It consists in using a
detailed analysis by means of an evaluation of the fixed or
systematic, and random or precision contributions, for each
of the measured variables, thus obtaining values of the fixed

Figure 1. Photo where the location of the several pressure taps can be observed and schematics of the experimental setup.

Table 1. Experimental conditions.

Data on the experimental setup Value

Internal bed diameter, D (m) 0.10
Height of the unit, L (m) 1.8
Local atmospheric pressure, P (Pa) 97500
Bed temperature, T (�C) 15
Fluidization velocity, U0 (m s�1) 0.1–2.3
Bed material Silica ballotini
Bed material density, rp (kg m�3) 2485
Average particle diameter dp¼ 1=(Sxi=dpi) (mm) 372
Minimum fluidization velocity, Umf (m s�1) 0.1
Static bed height, H (m) 0.3
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uncertainty IFr, and of the random uncertainty IAr,
concerning the experimental result. As the focus is on the
axial evolution of the bed of solids, it was important to
analyse the pressure evolution with height as an indirect
measure of the solids fraction. Therefore, the uncertainty
analysis carried out was based on the acquired values of
pressure and the calculation of the pressure drop of
the successive layers, as well as on the measurement
of the other variable, the superficial velocity, which
was evaluated for increasing values within the range from
incipient fluidization to the maximum experimentally
allowed value for that setup.

Table 3 presents the values for the standard deviation s,
fixed IFDPi

, random IADPi
, and global IDPi

uncertainties,
associated to each layer pressure drop. In order to obtain

the uncertainties, three fixed errors were considered: the
calibration process error for the pressure transducers, the
analog-to-digital conversion and the hardware precision
indicated by the manufacturer. The final value is the
square root of the sum of the squares of each contribution.
As for the random contribution, errors arising from calibra-
tion and from statistical reading of the acquisition data
system were considered, the final result being calculated
as described previously for the fixed uncertainty. Table 4
shows the uncertainty values regarding the fixed IF, random
IA, and global I uncertainties, for the range of superficial
velocities, from Umf to maximum U0, taking into considera-
tion variables such as the thin plate orifice pressure drop, the
gas temperature, the gas constant and the measurement
precision of the duct diameter.

Figure 2. Radial distribution of pressure tap for each slice.

Figure 3. Time sequence of, for example, pressure measured by a probe located on the top of (a) the fifth layer and (b) a differential transducer measuring the
pressure drop in the second slice.

Table 2. Data on distributors=orifices.

Type
Plate

reference

Nr of
orifices

Nor

Open
area (%)

Orifice
diameter
dor (mm)

Pressure drop
ratio, DPdist=DPt,

at Umf (%)
Maximum
U0 (m s�1)

Pressure drop
ratio, DPdist=DPt, at

maximum U0 (%)

Perforated plate with
triangular pitch (p#x)

p0x 50 0.045 0.3 946 0.6 9138
p1x 109 0.098 0.3 418 1.0 8603
p2x 199 0.179 0.3 180 1.2 8241
p3x 300 0.270 0.3 54 1.7 7145
p4x 386 0.347 0.3 46 2.0 5649
p9x 948 0.853 0.3 18 2.2 1400

Metallic mesh (dyn) dyn 0.675 O 0.3 23 2.2 2318
Porous ceramic (ker) ker 8.482 O 0.3 1 2.3 42
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In both tables the global value is the square root of the
sum of the squares of the fixed and random values and,
beyond the indication of the absolute values, a percentage
ratio between that absolute value and the range of measure-
ment is also given.

RESULTS AND ANALYSIS

Solids Concentration at the Bottom of the Bed

In order to calculate the evolution of the bed axial solids
concentration es, the accumulated values of the experimental
pressure drop per slice, DPsj, were used so that the sum of
successive values will determine the pressure drop of each
layer under analysis, from the first to the sixth DPi:

DPi ¼
Xi

j¼1

DPsj (1)

Such values of DPi are shown in Figure 4 for two
different types of distributor, ‘p9x’ and ‘dyn’, for increased
values of U0=Umf, from the first to the sixth layer. The

curves follow the expected hierarchy among the involved
layers. In fact, the more slices are considered, the higher the
pressure drop of the corresponding layer, whereas with the
increase of U0=Umf expected discrepancies between layers
become progressively reduced with the increase of in-bed
mixing.

The approach that is followed is based on the axial
evolution of the pressure drop as an indirect step to calculate
the bed solids fraction. Following the basic idea of Svensson
et al. (1993), who made use of the axial pressure profile to
define the height of the bottom zone, the axial values of the
solids concentration are calculated from the pressure gradi-
ent, considering that the pressure drop is due to the hydro-
static head of solids minus buoyancy, between two
differential pressure taps, when the bed is operated under
incipient fluidization conditions:

dP

dH
¼ (rp � rf )g(1 � emf ) (2)

with rp and rf being the particles and the fluid density, and
emf the dense phase porosity at minimum fluidization

Table 3. Standard deviation (s), fixed (IFDPi
), random (IADPi

) and global uncertainties (IDPi
), for the successive layers pressure

drop DPi.

Layer i s (Pa) IFDPi
(Pa) IFDPi

(%) IADPi
(Pa) IADPi

(%) IDPi
(Pa) IDPi

(%)

1 0.60–9.68 15.11 3.08 5.11 1.04 15.95 3.25
2 0.57–9.05 21.38 2.18 7.22 0.74 22.57 2.30
3 1.01–10.13 26.19 1.78 8.85 0.60 27.65 1.88
4 0.91–14.97 149.58 7.62 10.21 0.52 149.92 7.64
5 0.60–11.13 154.08 6.28 11.42 0.47 154.50 6.30
6 2.11–34.01 249.54 8.48 12.51 0.43 249.85 8.49

Total 1.64–25.46 196.29 6.67 5.11 0.17 196.36 6.67

Table 4. Fixed (IF), random (IA) and global correlated (I) uncertainties of U0 and Umf range of superficial
velocities.

IF (m s�1) IF (%) IA (m s�1) IA (%) I (m s�1) I (%)

U0 (2.1 m s�1) 0.00825 0.38 0.00179 0.08 0.00845 0.39
U0 (1.5 m s�1) 0.01290 0.61 0.00150 0.09 0.01039 0.62
U0 (1.0 m s�1) 0.01472 1.27 0.00137 0.12 0.01479 1.28
Umf (0.45 m s�1) 0.02461 3.55 0.00180 0.26 0.02467 3.56
Umf (0.28 m s�1) 0.03182 5.92 0.00267 0.42 0.03190 5.93
Umf (0.1 m s�1) 0.03418 6.82 0.00243 0.48 0.03427 6.84

Figure 4. Typical evolution of the bed pressure drop using (a) ‘p9x’ and (b) ‘dyn’ distributor plates, for increasing values of U0/Umf (u, first layer;
e, second; �, third; þ, fourth; --, fifth; s, sixth).
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conditions. As the objective is the analysis of the bed
behaviour beyond the point of minimum fluidization condi-
tions, and the measurement system is made between fixed
probes, the reduction of the amount of solids must be
accounted for by means of the introduction of the bubbles
void fraction d, so that the resulting pressure drop is

dP

dH
¼ (rp � rf )g(1 � emf )(1 � d) (3)

For the high gas velocities found in the experimental
conditions, ca 20Umf for these group B particles, it is
necessary to account for the friction effects resulting from
the collisions between particles and between particles and
confining walls. These effects will be equated as a fraction
of the dynamic force exerted, following a similar approach
from Yerushalmi et al. (1978), so that the pressure drop
owing to the drag exerted by the gas upon those particles
can be expressed as

dP ¼
1

2
l

Umf

emf

� Up

� �2

rf dNp (4)

where Umf is the minimum fluidization velocity, Up the
particles velocity and Np the number of particles in a bed
section of thickness dH, so that

dP

dH
¼

3

4
l

Umf

emf

� Up

� �2

rf (1 � emf )(1 � d)
D2

d3
p

(5)

with D the bed diameter and dp and the average diameter of
the particles. Finally, l accounts for the friction effects
between the particles and the particles and the walls, and
as a result of multiple set of experiments performed, shall be
correlated with

l ¼ 1:5 � 10�4 U0

Umf

� �1,5

(6)

This factor increases with increasing superficial velocity,
as beyond stationary conditions the bed will produce a
growing frequency of collisions, and the obtained values
are within the range 10�2–10�4 defined by Barth’s (1954)
model. In addition, results are in good agreement with
former experimental results (Paiva et al., 2000).

In equation (5), the difference between the interstitial
velocity, taken as Umf=emf (supposing that the dense phase

voidage remains constant above Umf) and the particle
velocity Up, is its terminal velocity Ut,

Uf � Up � Ut ¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4

3

rpgdp

CDcrf

s
(7)

According to the previous equation, CDc the drag coeffi-
cient for a cloud of particles, is calculated using the Wen and
Yu (1966) correlation, quoted by Klinzing (1981):

CDc ¼ CDse
�4,7
mf (8)

Back to equation (5), es equals the product of the fraction
of solids in the dense phase by the remainder of the fraction
of bubbles regarding the whole bed,

es ¼ (1 � emf )(1 � d) (9)

Finally, the result of summing both hydrostatic head and
friction loss contribution, equations (2) and (5), is:

dPcalc

dH
¼ (rp � rf )g þ

3

4
l(Ut � Up)2rf

D2

d3
p

" #
es (10)

where Ut is calculated by means of equation (7). Conse-
quently, the values of es are those that make the dimension-
less pressure drop DPþ, a ratio between the experimental
pressure drop values DPexp, and the calculated ones, equa-
tion (10), equal to unity:

DPþ ¼
DPexp

DPcalc

(11)

The calculation procedure was then, by means of applying
equations (2)–(10) to the experimental results of the sliced
bed’s pressure drop, determining es so that equation (11) is
satisfied. The average relative contribution of the frictional
component of dP=dH [equation (10)] is in the range of 0 to
45–60%, for U0 from 0.1 to 2.1 m s�1, growing with the
reduction of the number of distributor orifices, the exception
being the ‘dyn’ distributor plate.

Because the bed was divided into slices inside which the
pressure drop evolution was studied, instead of measuring
the bed pressure drop as if it was a whole entity, some
particularities concerning the different regions along the bed
height could be detected. These local characteristics are

Figure 5. Evolution of the bed axial solids concentration, es, for values of U0=Umf (u, solid line, U0=Umf¼ 1; e, dashed line, 2; n, solid line, 3; �, dashed line,
4; s, solid line, 5; u, dashed line, 7; e, solid line, 10; n, dashed line, 13; �, solid line, 17; s, dashed line, 20).
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usually hidden when the analysis considers the bed as a sole
entity.

Figure 5 shows the results obtained for the evolution of
the fraction of solids with height, for several values of the
ratio U0=Umf and distributor plates ‘p9x’ and ‘dyn’. It must
be stressed that at higher velocities the bed expands and,
consequently, particles are displaced towards higher slices
and thus cannot be accounted for in the lower slices of the
bed, the ones under analysis.

Therefore, as the fluidizing velocity increases, the local
bottom solids concentration broadly decreases as expected.
Nonetheless, at heights around 0.15 m, mainly for the lower
velocities, it reaches a maximum, and then decreases again.
The trend described becomes evident in Figure 6, where the
several tested distributors are compared for increasing
velocity values, from 1 to 20 U0=Umf. At low fluidizing
velocities, differences between the several distributors are
minor. Nevertheless, the curves appear to have a similar

Figure 6. Axial solids concentration profiles, es, in the fluidized bed for various fluidization ratios of U0=Umf (u, ‘ker’; s, ‘p9x’; þ, ‘dyn’; *, ‘p4x’; �, ‘p3x’;
e, ‘p2x’; n, ‘p1x’; --, ‘p0x’).
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behaviour to those described before, presenting a maximum
solids concentration for values of H in the interval
0.15–0.20 m. Near the distributor orifices, where the influ-
ence of emerging gas jets strongly disrupts the uniform
distribution of the solid phase, there is no distinction of the
pattern of behaviour as a function of the used distributor.
However, differences become increasingly apparent for
higher fluidization velocities. Unlike the authors mentioned
above (Svensson et al., 1993; Johnsson and Leckner, 1995;
Zijerveld et al., 1997; Schlichthaerle and Werther, 1999;
Malcus et al., 2000), who consistently report either a
decrease or a constant value of the pressure drop in the
bottom zone of the bed, the experimental results presented
show the existence of a non-linear evolution for the group B
particles. In particular, the lower pressure drop plates
(namely ‘ker’ and ‘p9x’) reveal a distinct maximum value
due to the presence of solids in the lower portion of that
region of the bed, while the other plates keep showing the
same typical pattern of behaviour. The higher the velocity of
the jets, the more accentuated becomes the establishment of
a local pressure reduction. This classical energy compensa-
tion has the effect of dragging the surrounding particles to
this region, enhancing the solids downcoming flow, result-
ing in a growing accumulation closer to the gas distributor
plate as the gas mass flow rate increases.

Figure 7 shows this trend as a function of superficial gas
velocity. With the rise of gas velocity at the orifices,
corresponding to larger jets with stronger dragging capabili-
ties, the maximum solids concentration gets closer to the
distributor plate with the increase of fluidizing gas flow.
Although a decrease in the open area of the distributors
causes a higher velocity at the orifices, their reduction in
number also means a greater distance between them, so the
effect of pressure compensation does not have such a strong
spatial influence as in the case of the lower pressure drop
plates. The drag over the surrounding particles no longer
prevails, and as the jets high velocity gas flow cannot pass
easily through the bed, the overall gas velocity decreases and
consequently a pressure build-up takes place just above the
gas distributor. This situation is hydrodynamically solved in
an intermittent way (Svensson et al., 1993) when the
bubbles are formed, or more adequately, where the bubbles
are formed. A path is created through which the temporarily
retained gas flow will pass (van der Schaaf et al., 1999), the
pressure reduces and the solids concentration increases
higher up the bed. This way, considering the whole bed,
the traditional gas flow split between the dense phase flow,
the visible bubble flow and the invisible bubble flow, is
re-established.

Dense Phase Voidage at the Bottom of the Bed

There is another aspect that can be taken into considera-
tion from the analysis of the pressure drop evolution inside
the bed, the fluctuation of the emulsion porosity. Several
references in the literature agree that calculated values of
bubbles diameters and rising velocities using the model of
Werther and Wein (1994) were in fairly good agreement
with the void sizes found experimentally. Especially under
conditions of superficial velocities typical for combustors
(and for the group B particles widely used in those
processes). Similar good results for the whole bed were
obtained in the present work, with the range of particles

used in these experiments. The first layers revealed,
however, some differences when using the lower pressure
drop plates, as can be seen in Figure 8 (where those results
are presented for the first and the sixth layer).

If the bottom bed is modeled according to the model of
Werther and Wein (1994), by calculating the bubbles
voidage d, with equation (12),

d ¼ 1:45Ar�0:18 U0 � Umfffiffiffiffiffiffiffi
Uba

p (12)

a good adjustment to the experimental results of the whole
bed can be achieved, as can be observed in Figure 8, sixth
layer. In equation (12), the bubble absolute velocity Uba, is
(Werther and Wein, 1994)

Uba ¼ 1:45Ar�0:18(U0 � Umf ) þ 0:71ug0:5db (13)

where u takes the value 2
p

D for 0.1<D< 1.0 m, and the
evolution of the bubble diameter db, with the height of the
bed, is obtained through equation (14) (Werther and Wein,
1994):

d(db)

dH
¼

2d
9p

� �1=3

(14)

This will result in an implicit procedure concerning the
calculation of d. Subsequently, an evolution of the dense
phase porosity, or more appropriately, of the emulsion

Figure 7. Height H at which maximum solids concentration es occurs, vs.
superficial gas velocity U0: (a) u, ‘ker’; s, ‘p9x’; þ, ‘dyn’; *, ‘p4x’; (b) �,
‘p3x’; e, ‘p2x’; n, ‘p1x’; --, ‘p0x’.
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porosity ee (Figure 9), to borrow an expression from Kunii
and Levenspiel (1969), can be estimated from

ee ¼ emf � De ¼ 1 �
1 � d

1 � dþ
(1 � emf ) (15)

where d represents the values of the fraction of bubbles
calculated from equations (12)–(14) and dþ the values that
make DPþ equal to 1; De represents the range of variation of
the dense phase voidage around the incipient conditions
value.

The results of applying this expression to the experimental
data reveal a change in the porosity of the emulsion, away
from the postulated constant dense phase porosity emf,
especially in the lower part of the bed, as the fluidization
velocity increases and reaches the transition from bubbling to
turbulent regime. The difficulty in determining experimentally
the dense phase flow is the reason why the usual practice has
been to calculate its value based on the two-phase flow
premises, forcing the invisible bubble’s flow to accommodate
discrepancies between expected and detected experimental
behavior. This would explain, on the other hand, why the
experimentally based calculated values of the bubbles void
fraction dþ, were different from the Werther and Wein (1994)
model results for the first layers of the bed, meaning that the

need to allow the passage of the excess of air was not
completely performed by the bubbles phase (either visible or
invisible), but that the dense phase widens to accommodate
the extra gas flow, a dynamic phenomenon described by
Wilhelm and Kwauk (1948), Lewis et al. (1949) and Wen
and Yu (1966), especially when moving nearer the feeding
point of the fluidizing medium. As for the upper layers, values
of porosity are almost constant, approaching 0.45, which, for
these 0.355–0.425 mm group B silica ballotini is the expected
values, meaning that the air flow has a more stable path
condition.

CONCLUSIONS

An investigation of the bottom zone of a fluidized bed,
using three types of distributor plates, was performed using
pressure drop measurements. The results show that the flow
changes with variation of the operating conditions. The
measurements at several different equal heights show
changes in the hydrodynamic behaviour of the gas–solid
suspension. For the tested group B particles and static bed
height, there is no linear decrease, or even a sustained
uniform trend towards a decrease of the solids concentration
with height in that region of the bed. Furthermore, using a
model for the calculation of the fraction of bubbles, the
results include the detection of a fluctuation in the values of
the porosity of the emulsion, with height and with the
fluidization velocity.

NOMENCLATURE

A bed cross-sectional area, m2

db bubble diameter, m
dor orifice diameter, m
dp average particle diameter, m
D internal bed diameter, m
F drag force, N
g gravitational acceleration, m s�2

H vertical distance from gas distributor to bed free surface, m
Ir global uncertainty associated to a result or to a variable r
L height of the unit, m
Nor number of orifices of the distributor plate
P local atmospheric pressure, Pa
T ambient temperature, �C
U0 superficial fluidization velocity, m s�1

Uba mean bubble absolute rise velocity, m s�1

Umf minimum fluidization velocity, m s�1

Ut terminal velocity, m s�1

Figure 8. Evolution of the bed bubble fraction, dmod, equation (8), and the resulting values for dþ, with different distributors, for several values of U0=Umf

(u, ‘ker’; s, ‘p9x’; þ, ‘dyn’; *, ‘p4x’; �, ‘p3x’; e, ‘p2x’; n, ‘p1x’; --, ‘p0x’).

Figure 9. Evolution of the porosity of the emulsion, ee, equation (11), for
several values of U0=Umf (u, layer 1; e, layer 2; n, layer 3; þ, layer 4;
--, layer 5; s, layer 6).
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Up particle velocity, m s�1

xi mass fraction in the i interval

Greek symbols
d bubble fraction, equation (12)
dþ bubble fraction value that yields to equation (11)
DP pressure drop, Pa
DPþ dimensionless pressure drop, equation (11)
DPdist distributor pressure drop, Pa
DPsj slice pressure drop, Pa
DPt total bed pressure drop, Pa
De variation of the dense phase voidage around the incipient

conditions value
ee emulsion void fraction
emf void fraction at minimum fluidization conditions
es fraction of solids
l impact and attrition factor
r density, kg m�3

s standard mean deviation
u parameter in equation (13)

Dimensionless numbers
Ar Archimedes number, rf(rp7rf)gdp

3=m2

CD drag coefficient, FD=rU2A
CDc corrected drag coefficient, CDsemf

�4,7

CDs drag coefficient for a single particle

Subscripts
0 relative to the bed free surface
b bubble
c cluster
calc calculated
D drag
dist distributor
exp experimental
f fluid
i layer
j slice
l bed
mf relative to minimum fluidization conditions
or relative to the number of orifices in the distributor plate
p relative to the particles
s single
t total

Superscripts
þ relative to the dimensionless bed pressure drop, equation (11)
0 relative to the normalization of the standard mean deviation

using the maximum value for a specific run
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