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Abstract

The start-up and the wrong-way behavior of a fixed-bed reactor were analyzed through one-dimensional heterogeneous and
pseudo-homogeneous models. The simulation work was based on the methanol oxidation to formaldehyde, which takes place in
a fixed-bed reactor with two distinct zones. In the first part of the reactor, the catalyst was diluted with inert, and in the second zone
the catalyst is pure. This activity profile leads to new features on the start-up and wrong-way behavior of the system when compared
with a uniform catalytic bed. For a partially diluted bed, when the inlet temperature is increased (decreased), the final steady state can
show a hot spot lower (higher) than the initial one. This behavior is not observed in a one-zone bed, where the final steady-state
maximum temperature is always higher (lower) than the initial one if the inlet temperature is submitted to a positive (negative) change.
During the dynamic period, the transient profiles are closer to the initial steady states in the case of the two-zone bed, pointing out
that the catalyst dilution in the upstream section of the reactor can decrease the system sensitivity in both steady state and dynamic
period. The differences between the predictions obtained through the pseudo-homogeneous and the heterogeneous models can be
more significant on the transient responses than on the steady state situations and the wall temperature is the most important
parameter on the reactor dynamic response. Moreover, significant wrong-way behavior can occur for step changes and ramp

variations in feed and wall temperatures. © 2000 Elsevier Science Ltd. All rights reserved.
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1. Introduction

There are some features associated with the behavior
of fixed-bed reactors that can only be revealed through
transient analysis. In fact, the dynamic response of the
reactor may have surprising characteristics which can
lead to control failures, deactivation of the catalyst, prob-
lems during the start-up and shut-down, etc. Therefore,
the design of the control systems and the start-up and
shut-down procedures should be preceded by an analysis
of the transient behavior.

The start-up of the system is dominated by the com-
petition between two physical phenomena: the propaga-
tion of the mass wave, which is very fast, and the velocity
of the thermal wave, which is very slow. Therefore, after a
time equal to the space time for the fluid, L/u;, a pseudo-
steady state is reached, which is similar to an isothermal
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operation. Afterwards, a long period is needed to obtain
the final steady state. Quinta Ferreira, Costa and Rod-
rigues (1992, 1996) dedicated particular attention to the
start-up of fixed-bed reactors, and have studied different
mathematical strategies for solving several types of dy-
namic models. The intraparticle convection effects have
also been emphasized. Zheng and Gu (1996) obtained an
analytical solution for the start-up period through the
Laplace transform, using a one-dimensional model in-
cluding terms of axial dispersion and assuming an iso-
thermal process. The predictions obtained fitted quite
well with the experimental results. Verwijs, van den Berg
and Westerterp (1992, 1994) Verwijs, Koster van der Berg
and Westerterp (1995) have also shown experimental
results of the start-up reactor and simulated failures and
demonstrated that the start-up period determines the
future steady-state operation of the reactor. Lopéz-
Isunza (1983) has observed that for the partial oxidation
of the o-xylene to phthalic anhydride, a heterogeneous
model fitted well with the steady-state experimental re-
sults but not the transient behavior. He concluded that
for the transient case it was important to take into
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account the deactivation of the catalyst. Windes,
Schwedock and Ray (1989) have stressed that the
steady-state models are usually used for design purposes,
kinetic studies and parameters estimation, and the dy-
namic models are important to design control devices.
Their study was also based on the partial oxidation of
methanol to formaldehyde, and the predictions of differ-
ent types of mathematical models have shown that even
when the steady-state results are in good qualitative
agreement, the transient results obtained with pseudo-
homogeneous and heterogeneous models can be substan-
tially different in some cases.

The wrong-way behavior can occur when a sudden
change (increase or decrease) in an inlet variable leads
initially to an unexpected variation on the hot spot
temperature of the system. This behavior is due to the
high velocity of the mass wave in respect to the velocity of
propagation of the thermal wave through the fixed-bed
reactor, which is related to the higher thermal capacity of
the solid phase when compared with the thermal capacity
of the gas phase. Sinai and Foss (1970), among others,
have demonstrated that the thermal wave controls all the
dynamic responses of the fixed-bed reactors. Kulkarni
and Dudukovic (1996, 1998) give a more complete ex-
planation of the wrong-way behavior of a fixed-bed reac-
tor based on the magnitude of the heat transfer time
scale, 7,,, and the reaction time scale, 7,. According to
those authors, a low 7,, relative to 7, indicates a con-
siderable increase of the temperature of the reactants
before appreciable reaction takes place, leading to
wrong-way behavior of the fixed-bed reactor.

The wrong-way behavior was first predicted by Crider
and Foss (1966), and since then several studies have been
published. McGreavy and Naim (1977) and Windes et al.
(1989) studied this subject through one and two-dimen-
sional mathematical models. Metha, Sams and Luss
(1981) found analytical criteria to predict that behavior,
for zero-order reactions. Pinjala, Chen and Luss (1988)
analyzed the importance of the thermal dispersion on the
transient response, and concluded that the ignition of the
reactor during the transient period is possible to occur.
They suggested that axial dispersion terms should be
included in the mathematical models, when the transient
response of the system is studied. Chen and Luss (1989)
investigated the influence of the intraparticle resistances
on the wrong-way behavior. II'in and Luss (1992) have
shown how the reactant adsorption on the inert catalyst
support may affect that behavior, and later on the same
authors (II'in & Luss, 1993) showed the impact on
wrong-way behavior of an undesired consecutive reac-
tion. They concluded that in this case, due to the temper-
ature rise, a loss of yield of the desired product can be
observed. Almeida-Costa, Quinta Ferreira and Rod-
rigues (1994) investigated the impact of the intraparticle
convection on wrong-way behavior. Kulkarni and
Dudukovic (1996) studied the dynamics of a fixed-bed

reactor where reaction takes place in both gas and solid
phases.

Experimentally, the wrong-way behavior was observed
by Hoiberg, Lyche and Foss (1971), Van Doesburg
and De Jong (1976) Sharma and Hughes (1979a, b) and
Lopéz-Isunza (1983), among others. Under some circum-
stances this behavior can lead to undesired results, such as
promotion of side reactions, catalyst deactivation and
thermal runaway. Moreover, if the system operates in
a multiplicity zone, the increase of the temperature dur-
ing the transient period can lead to a jump from a lower-
temperature steady-state to a higher-temperature steady-
state (Sharma & Hughes, 1979b; Pinjala, Chen & Luss,
1988), which is known as the ignition of the reactor.

The main objective of this work is to study the effect of
two zones with different catalytic activities on the transi-
ent behavior of a fixed-bed reactor in two different situ-
ations: start-up period and dynamic behavior to step and
ramp changes in some inlet variables (feed temperature,
feed concentration, wall temperature, feed and wall tem-
peratures simultaneously). The industrial system of par-
tial oxidation of methanol to formaldehyde over iron/
molybdenum oxides catalysts has been selected as a case
study. The process takes place at atmospheric pressure
and the feed temperature is 530 K.

The modeling process considers a single-tube reactor,
which is divided in to two zones: a less active bed at the
inlet (with a length of 0.2 m) where the catalyst is diluted
with 50% inert, followed by a second zone with pure
catalyst (0.55 m). This leads to a moderate heat produc-
tion and consequently a smoother transient behavior
when compared to uniform-activity reactors.

According to Bucala, Borio, Romagnoli and Porras
(1992), Harris, Mac Gregor and Wright (1980) and Al-
varez, Romagnoli and Stephanopoulos (1981), in a fixed-
bed reactor, the temperature sensor should be located
before the hot spot region. Therefore, also in this study we
have considered the zone of the hot spot as the reference
one. As it will be shown in the next sections, the presence
of two distinct catalytic zones can lead to surprising situ-
ations, such as the decrease of the final hot-spot temper-
ature after a positive change in the inlet temperature.

2. Mathematical models

In our system, the main reaction is the partial oxida-
tion of methanol to formaldehyde (CH;OH + % O, —
CH, O + H,0), and through an undesirable consecutive
reaction the carbon monoxide is also produced by the
partial oxidation of the formaldehyde (CH,O + 3 O, —
CO + H,O0). The kinetic model chosen to describe the
first reaction, R;, was proposed by Dente, Collina and
Pasquon (1966):

Ry = ky (TP 72 Y75/(1 + Y3792,
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where k{(T) = k, e %/RT with k,; = 2.29 x 10> mol/
kg s atm®7? and E, ; = 36786 J/mol.

For the second reaction the kinetic model was pro-
posed by Dente and Collina (1965):

Rz = kZ(T)PCHZOn

where k,(T) = k, e 5/RT with k,, = 3.0x 10*mol/
kg... .s. atm and E,, = 66413 J/mol.

In this work, the dynamic behavior of the reactor was
studied through a one-dimensional pseudo-homogene-
ous model, PH1DT, and a one-dimensional heterogen-
eous model (HT1DT), both including axial mass and heat
dispersion. In both cases, we have assumed constant
wall temperature, constant physical properties and no
radial profiles. According to Pinjala et al. (1988) and
Chen and Luss (1989), when the inlet variables are
changed, if axial dispersion is not taken into account,
discontinuities in state variables will be observed, which
do not correspond to the physical reality. On the other
hand, the terms of axial dispersion allow the transforma-
tion of hyperbolic partial differential equations into para-
bolic partial differential equations, which are much easier
to solve.

2.1. One-dimensional transient pseudo-homogeneous
model, PHIDT

The dimensionless equations for the dynamic pseudo-
homogeneous model are shown in Table 1. The dimen-
sionless model parameters were calculated at the reference
conditions (T, = 530K, P, = 1 atm, Cy,, = 2.4 mol/m?):
Pe,,, = 644; Pe,, =145; 1/1, =6.730x10"% N, =
11.49; Da = 1.04 (2.08); B, = 0.729; B, = 1.071;6,, = 1.0.
The Peclet numbers based on the catalyst diameter are
Pe,,,(d,.) =2 and Pey,(d,.) = 0.45, and the space times
for the fluid and thermal wave are t = L/u; = 0.203 s;
T = t[(1 — &)psCps + &,p;Cpsl/erp,Cpy = 302s. The
Damkohler number is 1.04 on the first zone where the
catalyst is diluted with 50% of inert particles (p, = 550

Table 1

kg/m* for 0 <z < 0.2m) and 2.08 on the second zone
with pure catalyst (p, = 1100 kg/m® for 0.2 <z <
0.75 m).

2.2. One-dimensional transient heterogeneous model,
HTIDT

The transient heterogeneous models are based on
some common assumptions: the catalyst particle was
considered isothermal (Hansen, 1971, 1973), and the con-
centration profiles inside the catalyst were assumed to be
in pseudo-steady-state (Ferguson & Finlayson, 1974;
Quinta Ferreira et al., 1992, 1996). The catalyst particle
was assumed to have slab geometry, where in addition to
the intraparticle diffusion, the mass transport by convec-
tion could also be accounted for. The dimensionless
transient equations are shown in Table 2, and the para-
meters were calculated using the previous reference con-
ditions: Pe,,, = 644; Pe,, = 145; /1, = 6.734x10™%;
N,, = 11.49; Nfyy = 95.5; Nfy = 100.4; Nf, = 118.7; Da =
1.04 (2.08); B, =0.729; B, =1.071; 0,, =1.0; ¢y, =
0.57; ¢r, , = 0.55; A,,.; = O (if only intraparticle diffusion
is considered — HT1DT,; model) and 4,,; = 10 (when
intraparticle diffusion and convection are taken into ac-
count — HT1DT,. model). Once again the Damkohler
number is 1.04 on the first zone and 2.08 on the second
zone.

T being the space time for the fluid and 7, the space
time for the thermal wave, 7, /7 represents the ratio be-
tween the velocity of propagation of the mass wave and
that of the thermal wave, when there is no reaction. For
our system, T = L/u; = 0.203 s; 1, =t [(1 — &)psCps]/
&,py Cp, = 301 s, and therefore 7, /T = 1500. This indicates
that the high thermal inertia of the solid packing will
retard the temperature front along the bed in respect to
the mass front. As a consequence, higher (or lower) max-
imum transient temperatures will develop for lower (or
higher) feed temperatures revealing a wrong-way behav-
ior of the system. A more complete explanation of the

Dimensionless equations for the dynamic pseudo-homogeneous model, PH1DT®*

o of 1 2
Mass balance: af = — :f + jz +Day o;®
ot* 0z* = Pe,, 0z* =1

Energy balance:

T

r{ 00 1 0%

— —+
ot* 0z*  Pey, 0z*

i = CH,OH, CH,0

Initial conditions: t* = 0; f;(z*,0) = f; ,(z*); 0(z*,0) = 0,(z*)
Boundary conditions:  z* = 0; fi(0, %) = C; ,(t%)/Cpo(t%); 0(0, %) = 1
. g 01 00(1,t%)

z ; = =
0z*

’ 0z*

2
— +Da) B;R; +N,(0, — 0)} ?2)
j=1

(3a)
(3b)

(3¢)

*Model parameters: B; = (—AH);Cy,,/psCpsTy; Da = LpyRy o/u,Cro; Ny = 4UL/dipyCprtty; Peng = LttgprCpr/lca; Pema = Lttg/Deg; 0, =

T,/T,; © = Ljug; 1y = t[(1 — &)psCps + &,p,Cps1/esp s Cpy.
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Table 2
Dimensionless equations for the dynamic heterogeneous model, HT1DT*
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Fluid phase
fip Uin L 0y
Mass bal = = = — Nfi(fin — fiss 4
ass balance e o + Pe,, 02+ fifiw — fis) 4)
00, 00, 1 0%, X .
Energy balance: — = — — — —— + N0y — 0y) + N,,(0,, — 0,)i = CH3;0OH,CH,O (5)
ot* 0z*  Pey, 0z*
Initial conditions: t* = 0; f; ,(z*,0) = f; 4o (2*); Op(z*,0) = Ope(2*) (6a)
Boundary conditions: z* = 0;f; (0, t*) = C; 4o (t%)/Chr.o (t¥); 05(0, %) = 1 (6b)
fip(1,1%) 00,(1,1%)
=1 =0; =0 6
z S e (6¢)
Interface fluid/particle
2
Mass balances: -Nfi(fi, — fis) =Da ), o ;Rn; 7
j=1
do, 2 )
Energy balance: =—<SDa. B;Rin; — Nf(0; — 0,) (8)
et 1 =
Initial condition: t* = 0; Oy(z*, 0) = O,,(z*) (8a)
Catalyst particle
Mass balance: &7 _ 2y Yir 4¢? f RI=0 )
ass balance: — 2 2 LiRE =
drs? todrs ) ¥l
Boundary conditions: 1§ = 0;f;, =fi; 5= Lfi, =fis (10)
SRE(f;.,) dr
Effectiveness factors: #; = jo;{ﬁf# withj=1,2 (11)
jVi.s

*Model
Peha = Luopf Cpf/j'ea;

parameters:

Pema = Luo/Dea; 0w = w/’Ta; ¢i.o = Rp

wrong-way behavior of the fixed-bed reactor is given by
the magnitude of the heat transfer time scale and the
reaction time scale, as referred by Dudukovic and co-
workers (Kulkarni & Dudukovic, 1996, 1998). In our
dimensionless model equations, the heat transfer between
the gas and solid is represented by the Number of film
heat transfer units, N, which can be considered as the
ratio between the space time, 7, and the film heat transfer
time scale, t,,: Ny, =hya,L/u,p;Cp,; = 1/1),,, Where
Ty = pyCpyep/hra,. The Damkohler number, Da, rep-
resents the ratio between the space time, 7, and the
reaction time scale, t.: Da = Lp,R; ,/u,Cy., =1/1,,
where 1, = ¢,Cy,/ppR1,. At standard inlet conditions
(T, =530K; Cy,=2414mol/m> 1,, =0.0017s,
7, = 0.194 s (for the diluted section) and 7, = 0.097 s (for
the non-diluted section), being then the heat transfer time
scale much lower than the reaction time. As stated by
Kulkarni & Dudukovic (1996; 1998) a low t;,, in relation
to 7, will lead to the wrong-way behavior of the fixed-bed
reactor.

In some simulations, the convective flow within the
pellet was also taken into account and was compared to
the case where internal diffusion is the only transport
mechanism. The competition between these two mecha-

Bj = ( - AH)jCM.D/pJ'ij'Ta: Da = Lprl.o/uacM,o;
ppRl,u/De,iCM.o; )~m.i = voRp/De‘i

Nﬁ, = hj'avL/unprpf; Nfl = kfviavL/ua; N,, = 4UL/drpj'ij'uo;
T=Liu; =11 —&)psCps/espsCpy

nisms of transport is represented by the intraparticle
mass Peclet number, 4,,; = v,R, /D, ;, which is defined as
the ratio of the intraparticle convection to the intrapar-
ticle diffusion. In terms of time scale, a time constant can
also be defined for pore diffusion, 7,; = ¢,R3/D,; as well
as for intraparticle convection, 7, = ¢,R, /v,, being then
the intraparticle Peclet number defined as the ratio be-
tween the diffusive and convective times, 4,,; = 74;/7..

The effectiveness factors for each reactionj (j = 1, 2) at
each axial position, z* and time, t*, are given by (11),
where the intraparticle concentration profiles are ob-
tained by solving (9) and (10).

2.3. Numerical methods

As referred before, the inclusion of axial dispersion
terms on the transient equations renders the models
more realistic and the hyperbolic equations are trans-
formed into parabolic equations, which are easier to
solve. In this case, the pseudo-homogeneous and the
heterogeneous models were solved by using the
PDECOL package (Madsen & Sincovec, 1975), which
allows the solution of PDEs (partial differential equa-
tions), by discretizing the axial coordinate through the



M. M. J. Quina, R. M. Quinta Ferreira | Chemical Engineering Science 55 (2000) 3885-3897 3889

method of orthogonal collocation on finite elements. In
this work, finite elements with different lengths were used
along the reactor, in order to concentrate a higher num-
ber of collocation points in the zones where the variables
had stronger variations, namely in the transition zone of
the catalytic bed. This procedure allows the reduction or
even the elimination of numerical oscillations. For the
heterogeneous model, the algebraic equations (Eq. (7),
Table 2) were solved through an iterative procedure.

The state variables related with the particle surface
conditions have a discontinuity (T, Cy s and Cr), due
to an increase of the bulk density, p,, on the transition of
the first zone to the second one, and it was then necessary
to have some precautions on the discretization process of
the axial coordinate. Since the orthogonal collocation
method involves a continuity criterion, we have forced
that one boundary of a finite element was coincident with
the transition axial coordinate z = 0.2 m, and then all the
dependent parameters are continuous across the discon-
tinuous boundary.

For the pseudo-homogeneous model, the number of
finite elements used to discretize the axial coordinate of
the reactor was not a critical parameter, since the solu-
tion of the problem was very fast (using 34 finite elements,
the CPU time in a SUN SPARC 10/52 computer was 3 s).
However, for the heterogeneous model the CPU time is
strongly dependent on the number of discretization

points, since Eq. (9) has to be solved for each axial
position and time. One could conclude that 14 finite ele-
ments for Egs. (4), (5), (6a), (7) and (8) and 4 finite elements
for Eq. (9) were a good compromise between the quality of
the solution and the CPU time (Quina & Quinta Ferreira,
1998). Our results showed that the relation between the
CPU time and the number of finite elements is not linear.
In fact, in some cases a lower number of finite elements
can require a higher computation time due to the diffi-
culty for representing the sharp concentration fronts.
Therefore, the number of finite elements to be used in the
discretization process must be optimized.

3. Computer results

The dynamic behavior of the reactor will be analyzed
through start-up and transient responses to step and
ramp changes in some inlet variables.

3.1. Start-up period

The start-up process was simulated by changing the
feed concentration from 0 to 2.4 mol/m>, assuming the
reactor to be initially heated at the cooling fluid temper-
ature, T,,. Fig. 1(a) and (b) show the temperature and
methanol concentration profiles predicted by the
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Fig. 1. Start-up of the reactor predicted with PHIDT model, by changing the inlet concentration from 0 to 2.4 mol/m?. (a) Axial temperature profiles;
(b) axial profiles of the methanol concentration for different dimensionless times t*( = t/7): A-0.; B-0.1; C-0.2; D-0.4; E-0.6; F-0.8; G-1.0; H-10.0; I-100,;
J-200.; L-500.; M-1000.; N-1500.; X-steady state obtained with a model without axial dispersion; (c) comparison between PHIDT and HT1DT, models

for t* = 10; 200 and 1500.
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pseudo-homogeneous model, for different dimensionless
times. The propagation velocity of the concentration
wave is higher than the one of the temperature wave;
therefore, during the transient period two distinct situ-
ations occur. Due to the high heat capacity of the cata-
lyst, the heat released by reaction is firstly absorbed by
the solid and the temperature remains quite constant.
The reactor exhibits then a pseudo-isothermal behavior
with sharp mass fronts along the bed. After a dimension-
less time t* = 10, a hot spot begins to develop in each
zone, due to the heat released by reaction (Fig. 1(a)), and
the methanol concentration decreases, Fig. 1(b). After
a dimensionless time of 1500, the system reaches a new
steady-state (all the axial profiles are coincident). One
can observe that the steady-state obtained by using
a model with axial dispersion terms (curves M and N) is
nearly coincident with that obtained when this phenom-
enon is neglected (curves X). Curves N were then con-
sidered as the initial steady-state of the transient
responses of the system to several changes in inlet vari-
ables in the following analysis.

In Fig. 1(c), some transient temperature profiles pre-
dicted by the two models, PH1DT and HT1DTj4 can be
compared and it can be seen that during the transient
period, the hot spots for the heterogeneous model are
also lower than the ones obtained with the pseudo-
homogeneous model.

3.2. Transient response to step and ramp changes in inlet
variables — wrong-way behavior

The reactor dynamic behavior was predicted by simu-
lating step changes in some operating variables, such as
feed temperature, feed concentration, wall temperature
and feed and wall temperatures simultaneously.

For comparison purposes, Fig. 2 show the dynamic
responses to a step change in the feed temperature for
a reactor packed only with pure catalyst. A step up
in feed temperature (from 530 to 557 K), represented in
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Fig. 2(a), results initially in a decrease on the hot spot
(curves B-E) and later in an increase (curves F-I). Curves
A and I correspond to the initial and final steady states,
respectively. For a step down in T, Fig. 2(b) shows that
the hot-spot temperature rises initially (curves B-E), de-
creasing afterwards (curves F-I) until the final steady
state. This is the well known “wrong-way behavior”: in
the first times of the transient responses, the hot spot
temperature decreases after a positive step, and increases
after a negative step.

Imposing the same disturbance in a reactor with two
different catalytic zones (a first zone with catalyst diluted
with 50% inert packing and a second zone with pure
catalyst) a wrong-way behavior was also detected, show-
ing some new features. A step up in feed temperature,
depicted in Fig. 3(a), leads to an initial reduction of the
hot spot in an inner zone of the reactor (curves C-F),
when compared with the initial steady-state profile (curve
A), followed afterwards by a temperature rise (curves
G-I). However, these hot spots stay lower than the initial
value. This is not the case when the system is packed only
with pure catalyst, where an increase of the feed temper-
ature will also increase the final steady-state maximum
temperature, which is located closer to the entrance of the
reactor (Fig. 2(a), curve I). In such case, a higher reaction
rate will lead to a faster reactant consumption in the inlet
region of the reactor and the lower quantity of reactant
further in the bed will then decrease the reaction rate and
the system temperature.

For partially diluted beds, when the reaccional mixture
enters the system at a higher temperature, a global tem-
perature increase inside the reactor will also occur, in-
volving a higher consumption of the reactants in the first
zone. However, the lower amount of reactant on the
second zone can lead to a decrease of the final steady-
state temperature (curve I) below the previous maximum
value (curve A), as observed in Fig. 3(a). So, when the
catalytic bed has different activities along the reactor, one
cannot foresee an increase of the hot-spot temperature
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Fig. 2. Transient axial temperature profiles for different t* values: A-0; B-10; C-50; D-100; E-200; F-300; G-400; H-500; I-1000, obtained with the

PHIDT model for a fixed bed packed with pure catalyst, by changing the feed temperature: (a) + 5% (T, = 530 - 557 K); (b)

(T, = 557 - 530 K).
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Fig. 3. Transient axial temperature profiles for different ¢* values: A-0; B-50; C-100; D-200; E-300; F-400; G-500; H-700; I-1000, obtained with PH1DT

model for a fixed bed with two different catalytic zones, by changing the feed temperature: (a) + 5% (T, =530 — 557 K); (b)

(T, = 557 - 530 K).

for higher operating feed temperatures, as in the case of
the uniform bed. In fact, the global bed temperature will
be increased but the maximum value can be lowered. In
this context, the reactor with a partially diluted bed
shows increased wrong-way behavior, since the final re-
sponse to a positive change in the inlet temperature is
negative.

A step down in feed temperature (Fig. 3(b)) results in
a transient increase in both maxima of the reactor tem-
perature (one in each catalytic zone) as the hot spots
move downstream, followed by a temperature drop. The
high transient hot spots (curves F and G), are due to
the increased methanol concentration contacting the pre-
vious hot spot zones before they are cooled. In fact, in
the first part of the reactor, the methanol has a lower
consumption for the new lower feed temperature, leading
then to higher concentrations downstream. The same
type of behavior described above for partially diluted
beds can also be observed when the feed temperature
decreases. If we compare, in this case, the initial and final
steady-state profiles (curves A and I, Fig. 3(b)) a higher
hot-spot temperature is detected. This is not observed in
the uniform bed, where for a decrease of the inlet temper-
ature a lower maximum in the final steady-state is ex-
pected (Fig. 2(b)). The wrong-way behavior is a result of
appreciable heat transfer taking place between the two
phases before considerable reaction takes place. In the
diluted part of the two-zone bed, the reaction time scales
are increased and hence, substantial heat transfer takes
place between the two phases before significant reaction
takes place. Therefore, this system with diluted catalyst
exhibits increased wrong-way behavior, even if the transi-
ent hot spots are lower than in the one-zone bed, which
points out a reduction of the sensitivity of the system. In
fact, while in the uniform bed a positive/negative change
in the inlet temperature also leads to a positive/negative
change in the final hot spot temperatures, for the par-
tially diluted bed, the final steady-state response to a pos-
itive change in the inlet gas temperature is negative and is
positive for a negative inlet change.

—5%

Fig. 4(a) shows the dynamic responses for a stronger
decrease in feed temperature (from 583 to 530 K), reveal-
ing a more pronounced increase in the final steady-state
hot spot, when compared to Fig. 3(b). These results
reinforce the specific characteristics of the diluted bed
when submitted to thermal perturbations.

Using a heterogeneous model, HT1DT,, the same fea-
ture can be observed in Fig. 4(b), which also points out
more significant differences on the transient predictions
of both models than on the steady-state ones. These
differences can also be explained by the theory of time
scales or characteristic times. In the pseudo-homogene-
ous model, PHIDT, the fluid-solid resistances are ne-
glected (7, = 0), being then the relative magnitude of the
reaction time scale in respect to the heat transfer time
scale higher than in the case of the heterogeneous model,
HT1DT, where those resistances are accounted for. Thus,
the homogeneous model must predict a stronger wrong-
way behavior compared to the heterogeneous model that
uses finite heat transfer time scale between the gas and
the solids. In Fig. 5, the results of Fig. 4(a) are represented
in a three-dimensional plot, which clearly shows the
wrong-way behavior associated to the heat wave travel-
ling along the catalytic bed, after a decrease in feed
temperature, it being possible to observe that the final
steady-state is preceded by the development of higher
maxima temperatures.

In a previous work (Quina & Quinta Ferreira, 1999a)
we have shown that for certain inlet operating conditions
(Cum.o»> T,) the hot-spot temperature can follow a run-
away process. This is the case for Cj;, = 3.4 mol/m?® and
T, = 530 K. Therefore, we have changed the inlet meth-
anol concentration from 2.4 to 3.4 mol/m? for a fixed feed
temperature of 530 K, in order to determine the dynamic
behavior of the system. According to these results, after
t* = 1000 the temperature runs away (Fig. 6(a)) leading
to a severe deactivation of the catalyst and strong nega-
tive consequences for the desired product (curves I and J,
Fig. 6(b)), which may even disappear due to the second-
ary reaction. In fact, in this system with consecutive
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Fig. 4. Dynamic response to a step down in feed temperature (583 — 530 K). Axial temperature profiles for different dimensionless times, t* = : A-0;
B-10; C-50; D-100; E-200; F-300; G-500; H-1000: (a)- PH1DT model; (b) HT1DT,; model.

650 T(K)

Fig. 5. Dynamic response to a step down in feed temperature
(583 — 530 K), for the PH1DT model.

reactions, the increase of feed temperature does not lead
necessarily to a higher yield.

When the wall temperature, T, is step changed from
530 to 583 K, Fig. 7 shows an overall increase in the
temperature inside the reactor. Since the effect of
T,, extends into all the reactor length, the initial steady-
states profiles are immediately changed. For a step-up
change, one can observe in Fig. 7(a) two hot spots (one in
each zone) for some dimensionless times due to the exist-
ence of two different catalytic zones. Fig. 7(b) shows some
transient profiles after a step down in the wall temper-
ature. Curves B and C are under the initial steady-state
(curve A) for all axial positions, but after t* = 200 (Curve
D) a pronounced hot spot is developed on the second
zone of the reactor. However, afterwards this hot spot
decreases until a final steady-state is reached (curve I).
Those intermediate higher temperatures, also showing
a wrong-way behavior, are due to the increased methanol
concentration (the methanol has a lower consumption
near the entrance for the new lower wall temperature)
which contacts the downstream hot zones leading to
higher reaction rates before they are cooled by the lower
wall temperature. One can also conclude that the wall
temperature has a stronger effect on the system, when
compared with the feed temperature, as it had been
predicted through the sensitivity analysis of the present
system (Quina & Quinta Ferreira, 1999b).

For a simultaneous perturbation in feed and wall tem-
peratures, Fig. 8(a) and (b) show some transient
axial temperature profiles. Immediately after the distur-
bance, the initial steady-state is moved in the vertical due
to the wall temperature change, this effect being stronger
on the initial part of the reactor, because of the feed
temperature effect. When both temperatures increase (7,
and T;,) from 530 to 583 K, the final steady-state has only
one hot spots (curve J, Fig. 8(a)) and when they decrease
higher intermediate hot spots can be observed (curves
F-H, Fig. 8(b)), showing again the wrong-way behavior
of the diluted bed. Moreover, in these cases, when T,
and T, are disturbed simultaneously, the hot spot(s)
can move significantly upstream or downstream in the
reactor.

The inverse response of the system can also be ob-
served for ramp variations, as shown in Figs. 9 and 10.
When the feed and wall temperatures increase linearly
with time until t* = 800 and then decrease, the displace-
ment of the thermal wave can be observed in the three-
dimensional plot of Fig. 9(a). Fig. 9(b) clearly shows that
the hot-spot temperature continues to increase until
t* = 1350 (for z* = 0.32) decreasing only afterwards. Fig.
10 show the opposite situation, when the feed and wall
temperatures decrease linearly with time until t* = 800,
and then increase. The wrong-way behavior is detected
by the decrease of the hot spot until t* = 1050 (for
z*¥ =0.37, Fig. 10(b)). It is also interesting to note that
there are some axial positions (for instance z* = (.5) for
which the temperature remains nearly constant along the
time (Fig. 9(b) and 10(b)), without reflecting the thermal
disturbance introduced in the system.

Finally, Fig. 11 shows axial profiles of the solid tem-
perature predicted with HT1D, (A,,; = 0) and HT1DT,,
(Am.; = 10) models. In Fig. 11-I one can see the initial
steady-states for T, = 530 K, in Fig. 11-II the transient
profiles for a particular time of t* = 300, after a step
change in feed temperature from 530 to 557 K; and in
Fig. 11-111, the final steady-states for T, = 557 K. In all
the situations, when the intraparticle convection is taken
into account (4,,; = 10) the axial temperature before the
hot spot is higher than when 4,,; = 0. This is due to the
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Fig. 6. Transient axial profiles for different t* values: A-0; B-50; C-100; D-200; E-300; F-400; G-500; H-700; I-1000, J- 1200, obtained with PHIDT
model for a fixed bed with two different catalytic zones, by changing the feed methanol concentration from 2.4 to 3.4 mol/m® ( + 41%): (a) temperature;

(b) formaldehyde concentration.
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Fig. 7. Transient axial temperature profiles for different * values: A-0; B-50; C-100; D-200; E-300; F-400; G-500; H-700; I-1000, obtained with PH1DT

model for a fixed bed with two different catalytic zones, by changing the wall temperature: (a)

(T, = 583 - 530 K).
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Fig. 8. Transient axial temperature profiles for different t* values: A-0; B-10; C-50; D-100; E-200; F-300; G-400; H-500; I-700; J = 1000, obtained with
PHIDT model for a fixed bed with two different catalytic zones, by changing T, and T,: (a) + 10% (T, = T,, = 530 > 583 K); (b) — 10%

(T, =T, =T, = 583 — 530 K).

additional mass transport, which increases the reaction
rate and the heat, released by the reaction, leading to
higher bed temperatures. In fact, increasing 4,,; (from
0 to 10) the reaction time scale decreases due to the
increase in the reaction rate provoked by a higher con-

centration of the reactants inside the catalyst, through
the additional convective transport. This will affect the
wrong-way behavior leading to higher transient max-
imum temperatures, when compared with those obtained
with the model which considers the internal diffusion as
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Fig. 9. Dynamic response to a positive ramp in feed and wall temperatures during 0 < t* < 800, followed by a negative ramp during 800 < t* < 1600,
for the PHIDT model: (a) 3-D plot; (b) Temperature versus dimensionless time for different axial positions.
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Fig. 10. Dynamic response to a negative ramp in feed and wall temperatures during 0 < t* < 800, followed by a positive ramp during
800 < t* < 1600, for the PH1DT model: (a) 3-D plot; (b) Temperature versus dimensionless time for different axial positions.

560 Am,;i=0

540
7] TR D P S T

660 .

640F E o = - E o -
i =
g 600 3 3

580 F E ) i

il IS A A

W FEWEE P WE NN e

Pl

0 02 04 06 08 10 02
z

04 06 08 1

O rrr

02 04 06 08 1
z ra

Fig. 11. Axial profiles of the catalyst temperature predicted with HT1D,; (4,; = 0) and HT1DT,, (4,,; = 10) models. I- initial steady-state for
T, = 530 K; II- transient profile for t* = 300, after a step change in feed temperature from 530 to 557 K; III- final steady-state for T, = 557 K.

the only transport mechanism inside the catalyst par-
ticles (4,,; = 0).

4. Conclusions

The start-up and the transient behavior of a fixed-bed
reactor is analyzed by using pseudo-homogeneous and
heterogeneous one-dimensional models, and in both
cases axial dispersion terms were included, which are
advantageous for the dynamic simulations.

During the start-up period, the high thermal capacity
of the catalytic bed leads to a slower propagation of the

thermal waves in relation to the mass waves, which leads
to the development of sharp mass fronts.

The orthogonal collocation on finite elements was
used for the spatial discretization of the partial differen-
tial model equations, showing good results when an
appropriate number of intervals is used. Moreover, in
our case, due to the different activities of the catalytic
bed, the process variables also show abrupt variations in
the transition zone, and therefore a higher number of
finite elements were concentrated there in order to avoid
numerical oscillations.

When step or ramp changes in feed temperature,
in wall temperature and in feed and wall temperatures
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simultaneously were imposed in the system, it was pos-
sible to observe the wrong-way behavior of the tem-
perature profiles and in some cases a pronounced
displacement of the hot spot was detected. The step
changes in the feed concentration require a higher CPU
time (due to the sharp mass fronts), and during the
transient period the hot spot has practically the same
location.

The partially diluted two-zone bed reveals an in-
creased wrong-way behavior, since in this case the final
response to a positive change in the inlet temperature is
negative and for a negative change in the feed temper-
ature, the steady-state response is positive. This is indeed
a very important feature to account for on diluted beds in
what concerns the design and control of these systems,
since it will be an unexpected situation if the analysis is
based on the behavior of a uniform packing. In fact, in
the one-zone bed, even if the maximum transient temper-
atures can be farther from the departure hot spots in the
wrong direction, one can observe that a positive/negative
change in the inlet temperature leads also to a posit-
ive/negative change in the final steady-state hot-spot
temperatures, which is not the case of the two-zone bed.
For some perturbations the temperature can runaway
drastically, which is highly undesirable for the process,
because the desired product may be oxidized and the
catalyst can be deactivated in a very severe way.

The predictions of the heterogeneous model and the
pseudo-homogeneous model are quite similar for moder-
ate steady-state conditions, being the differences more
pronounced in the transient regime. The pseudo-homo-
geneous model assumes the same local temperature for
the gas and the solids and hence, the time scale for heat
transfer between the two phases is zero, whereas reaction
time scales is finite. Thus the pseudo-homogeneous
model must predict a stronger wrong-way behavior,
when compared to the heterogeneous model that uses
a finite heat transfer time scale between the gas and the
solid.

When the intraparticle convection is taken into ac-
count in the heterogeneous model, the transient hot spots
are higher than the ones observed when diffusion is the
only intraparticle mechanism of transport.

Notation

A4, specific particle area, m ™!

a, specific particle area (referred to the reactor
volume) [=(1 —¢,)4,], m !

B; adiabatic temperature rise of reaction j,
[:(_AH)jCM,o/prf T,]

Cip concentration of component i in the bulk
phase, mol/m?

Cu. o feed methanol concentration, mol/m?

Cps fluid heat capacity J/kg K

~ =~

S

)

N NSNS

=

solid heat capacity, J/kg K

equivalent diameter of the particle (vol-
ume/area), m

diameter of the reactor tube, m

damkohler number (=LpyR; ,/u,Cypr.,)
effective diffusivity of component i in the cata-
lyst, m?/s

effective axial diffusivity, m?/s

dimensionless concentration of component
i at the bulk (=C;;/Cy,)

dimensionless concentration of component
i at the particle (=C; ,/Cy,)

dimensionless concentration of component
i at the catalyst surface, (=C;;/Cy)
dimensionless concentration of component
i at the inlet conditions, (=C;,/Cy.,)

film heat transfer coefficient, J/m?*s K

film mass transfer coefficient for component i,
m/s

reactor length, m

number of film heat transfer units, (=ha,L/
u,prCpy)

number of film mass transfer units (=k, ;a,L/
uo)

number of wall heat transfer units (=4UL/
diprCpru,)

total pressure, atm

formaldehyde partial pressure, atm

axial heat Peclet number (=Lu,p;Cpy/icq)
axial heat Peclet number based on particle
diameter (=d,etty 0 s CP /A ca)

axial mass Peclet number (= Lu,/D,,)

axial mass Peclet number based on particle
diameter (=d,.t,/D.q)

inlet pressure, atm

reaction rate, mol/s kg.,,

half-thickness of the slab catalyst, m
dimensionless reaction rate j, at catalyst sur-
face conditions (=Rj/R; ,)

dimensionless reaction rate j, inside the cata-
lySt: (: Rf/Rl,o)

particle spatial coordinate, m

dimensionless particle coordinate, (=r,/2R,,)
main reaction rate at feed conditions,
mol/kg s

rate of disappearance by reaction for com-
ponent j inside the catalyst, mol/s kg,

rate of disappearance by reaction for com-
ponent j at catalyst surface conditions,
mol/s Kgeac

time, s

dimensionless time (=t/t)

absolute temperature, K

feed temperature, K

catalyst temperature, K

wall temperature, K
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U overall heat transfer coefficient, J/m?*s K

u; interstitial fluid velocity, m/s

u, superficial fluid velocity, m/s

v, intraparticle fluid velocity, m/s

Yu methanol molar fraction (=Fy /Y F;)

z reactor axial coordinate, m

z* dimensionless reactor axial coordinate, (z/L)

Greek symbols

O j stoichiometric coefficient of component i, at
J reaction

AH reaction heat, J/mol

€ porosity

n; effectiveness factor

Divo Thiele modulus referred to the inlet condi-
tions (=R,+/PpR1.0/De.iCm.0)

0 dimensionless temperature (=T/T,)

0, dimensionless bulk temperature (=T,/T,)

0, dimensionless feed temperature (=7T,/T,)

0, dimensionless catalyst temperature (=T,/T,)

0, dimensionless wall temperature (=T,,/T,)

Lea axial effective thermal conductivity, J/ms K

Aom.i intraparticle mass Peclet number of compon-
enti(=v,R,/D.;)

P density, kg/m?

T space time for the fluid (=L/u;)

. time scale for intraparticle convection
(ZSpRp/Uu)

Tai time scale for pore diffusion within the pellet
(=£,R2/D..)

Th space time for the thermal wave (=1(1 — ¢&,)
psCps/enpCpy)

Thy film heat transfer space time,
(=psCpsep/hsay)

Thi lumped space time for the thermal wave
(=1[(1 — &)psCps + ep;Cpsl/erp s Cpy)

T, reaction time scale (¢, Cpr.,/ppR1.,)

Subscripts

1,2 reactions 1 and 2

b bulk conditions in the fluid phase

d diffusion

dc diffusion and convection

ghﬁgsx.N,’]

formaldehyde
component i
reaction j (=1, 2)
methanol

inlet conditions
particle

particle surface
wall

Superscripts

* hot-spot conditions or normalized variables
f fluid

P particle

s particle surface
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